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 Dynamic model was validated with experimental data, which confirmed high fidelity.
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ditions on transient performance. This work includes a mathematical description of the
heat- and mass-transfer of species with a quasi-2D approach and a global kinetic mech-
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isothermal reactor and comparison of the predictions with experimental data obtained
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between 363 and 553 K at atmospheric pressure. The CO-PROX reactor model proved to be
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robust and accurate in the high-temperature regime (>410 K) and can be used for real-time
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simulation. The high response sensitivity of the adiabatic reactor predicted a significant
improvement in CO conversion at temperatures from 435 K with the addition of a small
amount of energy while maintaining a response time of 15 s. The isothermal reactor
exhibited a reasonably fast response time when exposed to a realistic gas hourly space
velocity scheme based on transient fuel demand in a proton exchange membrane fuel cell
system.
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Introduction
Although hydrogen is considered the ultimate clean energy
carrier for the future, a significant amount of hydrogen is still
produced from fossil fuels through steam reforming (SR),
which has an efficiency of 65e75% [1]. However, traces of
carbon monoxide (CO) can be found in the SR product
(0.5e1%), and this irreversibly degrades Pt-based catalysts in
fuel cell electrodes. Thus, the CO concentration in the fuel cell
stream must be controlled to be under 10 ppm [2]. For automotive applications such as fuel cell electric vehilces (FCEVs)
that require very high-purity hydrogen, two-stage purification
involving the wateregas shift (WGS) reaction and highly selective catalytic preferential oxidation (PROX) reaction is
preferred [3].
An efficient CO-PROX reaction involves the use of a catalyst
with high activity and selectivity for CO oxidation to reduce H2
consumption. The catalysts mostly used for CO removal in H2rich gases can be sorted into supported noble metal (Pt [4], Ru
[5], Au [6]), transition metal (CuOeCeO2 [2]), complex metal
oxides (AuFeeTiO2 [7]), and intermetallic alloy (Pt-Fe [8])
catalyst. Avgouropoulos et al. [9] presented a comparative
analysis of the performance of various catalysts for selective
CO oxidation in excess hydrogen. The activity, selectivity, and
stability of Pt/Al2O3, Au/Fe2O3, and CuOeCeO2 were evaluated,
revealing that Au/Fe2O3 showed relatively high performance
at low temperatures (<353e393 K), whereas CuOeCeO2
seemed to be the most active and selective under hightemperature conditions.
CO-PROX is conducted in a packed-bed catalytic reactor or
monolithic catalyst reactor. Because monolithic reactors have
compact volumes, low pressure drops, and fast dynamic responses compared with packed-bed catalytic reactors [10],
they have received much attention; in particular, cordierite
monoliths are popular catalyst supports for CO-PROX applications [11].
Fuel cell systems for automotive applications typically
undergo various dynamic conditions such as cold start and
feed oscillation. Therefore, the response time and reaction
rate and heat generation and distribution of CO-PROX reactors
under dynamic conditions are essential for designing and
optimizing fuel processing systems for automotive applications. Achieving a fast response time in CO-PROX reactors
depends on the low thermal inertia of component materials,
small channel size, high inlet temperature, and low gas velocities [12].
Physics-based catalyst modeling is widely used to analyze
the kinetics and heat- and mass-transfer phenomena in catalytic reactors and requires the physicochemical properties of
the materials and components, as well as detailed elementary
chemical kinetics. To date, few publications related to COPROX monolithic reactors have been reported, and these
have mostly taken a steady-state approach. Ahluwalia et al.
[13] obtained experimental data for CO conversion over a Ptbased catalyst on a ceramic monolith to develop an empirical correlation for CO oxidation selectivity and analyze the

multi-stage performance of adiabatic CO-PROX reactors. Jeifetz et al. [14] simulated a one-dimensional heterogeneous
model of a monolithic reactor for H2 stream purification in a
proton exchange membrane (PEM) fuel cell, starting with a
preliminary isothermal reactor and continuing with different
schemes of adiabatic monoliths with inter-stage cooling.
Moreno et al. [15] employed the kinetic model for a CuO/CeO2/
Al2O3 catalytic washcoat and studied the global selectivity
toward CO oxidation.
This study investigate the physicochemical phenomena
occurring in a CO-PROX monolith reactor theoretically, as well
as the transient response to the variation of operating conditions, using a quasi-2D dynamic modeling approach based on
an experimental kinetic expression, with the heat and masstransfer and chemical kinetics on a PteFe/g-Al2O3 catalyst
washcoat.

Mathematical model
Model description
The CO-PROX reactor modeled in this study consists of a
bundle of monoliths in a substrate where a thin PteFe/g-Al2O3
catalyst washcoat was uniformly coated onto the walls of the
reactor channels, as shown in Fig. 1. Assuming all monoliths
are subjected to the same physics, this study considers a
single square channel of the CO-PROX reactor. The model is a
quasi-2D heterogeneous model incorporating heat and mass
transfer in the channel and radial direction. The geometrical
parameters, chemical properties, and operating conditions
are listed in Tables 1 and 2.
In this dynamic model, the gas mixture is assumed to have
a fully developed and incompressible laminar flow, following
the ideal-gas law, a negligible pressure drop and axial mass
and heat dispersion. Additional assumptions are.
(i) uniform distribution of catalyst loading,
(ii) uniform average velocity, and
(iii) negligible volume change of the gas mixture during COPROX.
The methodology for the model implementation in MATLAB/Simulink is the same as that reported previously [16]. The
thermodynamic and transport properties of gas species were
taken from NIST standard reference database 23, v8.0.

Heat and mass balances
The present dynamic model explores the diffusion of multispecies in the gas mixture, the heat- and mass-transfer process between the gas and solid phase, and the heterogeneous
CO selective oxidation on the washcoat surface. The heat and
mass balances in the monolith are represented by partial
differential equations (PDEs). The CO-PROX reactor model is
spatially discretized into sixteen equal-length elements in the
axial direction and one radial node to convert the PDEs into
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Fig. 1 e Schematics of the monolithic catalytic reactor: (a) 3D view, and (b) sectional view of a single square channel.

ordinary differential equations (ODEs), as shown in Fig. 1(a).
The streamflow and fluid-solid convective mass transfer directions are also regarded in the axial and radial directions.
Fig. 1(b) shows a schematic of the heat and mass transfer in
a discretized node of the monolith. The mass balance for

component i in both the gas phase and washcoat are
expressed by Eqs. (1) and (2) [16]:
 4hm:i 

dCi;g u 
Ci;g;in  Ci;g 
¼
Ci;g  Ci;s
Dx
dt
dH

(1)
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Table 1 e Geometric parameters of the monolithic COPROX reactor model.
Description

Symbol

Value

Unit

Reverse water  gas shift: CO2 þ H2 4 CO


1
þ H2 O DHo ¼  41:1 kJ mol

Lchn
Wchn
Hchn
d

750.0
95.11E-02
95.11E-02
30.0E-03

mm
mm
mm
mm

CO methanation: CO þ 3H2 / CH4


1
þ H2 O DHo ¼  206:3 kJ mol

(8)

CO2 methanation: CO2 þ 4H2 / CH4


1
þ 2H2 O DHo ¼  165:1 kJ mol

(9)

Channel length
Channel width
Channel height
Washcoat catalyst layer thickness

Table 2 e Chemical properties and operating conditions
for the CO-PROX model.
Description
Bulk catalyst density
Catalyst porosity
Pressure
H2 inlet concentration
CO2 inlet concentration
N2 inlet concentration

ð1  εÞ

Symbol
rs
ε
P
CH2 :in
CCO2 :in
CN2 :in

Value
770
0.4
101.3E03
64
2.8
balance

Unit
3

kg m
e
Pa
mol%
mol%
mol%

X


rg dCi;s rg 4hm:i 
¼
Ci;g  Ci;s þ rs
ai;k rk
Mg dt
Mg DH
k

(2)

The heat balance is accordingly expressed as follows:


dTg u 
1 4h 
Tg;in  Tg 
¼
Tg  Ts
rg cp;g dH
dt Dx
ð1  εÞrs cp;s

(3)


X

dTs 4h 
0
¼
rk DHk
Tg  Ts þ rs
dt DH
k

(4)

The following are considered boundary and initial
conditions:
Inlet ðz ¼ 0Þ Ci ¼ Ci;0 , Tg ¼ Tg;0 , Ts ¼ Ts;0 ,

dTs
dt

¼0

Initial ðt ¼ 0Þ Ci;s ¼ 0, Ts ¼ T0 .
In Eqs. (1) and (3), Ci;g;in and Ti;g;in are the species concentration and gas temperature at each computational node,
respectively, acquired from the proceeding node’s outlet. The
kth reaction rate on the catalyst surface is denoted as rk in Eqs.
(2) and (4). The set of species involved in the CO-PROX are
i ¼ CO, H2, O2, CO2, and H2O. The heat- and mass-transfer
coefficients and thermodynamic properties of the gas
mixture are summarized in Appendix A.

Catalytic kinetics
The CO-PROX system involves five reactions, as follows [3]:


1
CO oxidation: CO þ 0:5O2 /CO2 DHo ¼  293 kJ mol


1
H2 oxidation: H2 þ 0:5O2 /H2 O DHo ¼  242 kJ mol

(5)

(6)

(7)

However, the methanation reactions in Eqs. (8) and (9) are
considered negligible between 392 and 511 K [18]. Therefore,
here, we only consider CO oxidation, H2 oxidation, and reverse
wateregas shift (RWGS) for CO-PROX kinetics.
The two approaches for studying catalytic kinetics are: (i)
microkinetics, which involves detailed surface reactions
following each reaction step, and (ii) global kinetics, which
consists of a simplified explicit rate expression for the overall
reaction. Microkinetic modeling presents detailed information regarding the adsorption of reactants from the gas flow
on the catalyst surface, surface reactions of the adsorbed
species, and desorption of products into the bulk gas mixture;
some studies of CO-PROX over Pt-based catalyst can be found
in the literature [19,20]. However, microkinetic modeling to
simulate CO-PROX with several reaction steps is computationally demanding, especially the investigation of the dynamic physics. Because the present study focuses on the
dynamics of CO-PROX, global kinetics was employed.
The following reaction rate expression by Caputo et al. [2]
was used for CO oxidation (see Eq. (5)).
rCO ¼  kCO PaCO PbO2

(10)

where PCO and PO2 are the CO and O2 partial pressures, a ¼ 0.1
and b ¼ 0.5 are the apparent orders for carbon monoxide and
oxygen, and kCO is the kinetic constant for CO oxidation.
It is assumed that the kinetics of H2 oxidation in an H2-rich
environment follows Eq. (11),
rH2 ¼  kH2 PgO2

(11)

where kH2 is the rate coefficient, and g ¼ 0.5 is the apparent
reaction order of O2.
For the RWGS in Eq. (7), the reaction rate is calculated as in
Eq. (12) [24]:


PCO2 PH2
rrwgs ¼ krwgs PCO PH20 
Keq


4577:8
 4:33
Keq ¼ exp
T

(12)

where Keq and krwgs are the equilibrium constant and rate
constant, respectively, for the RWGS.
The following Arrhenius expressions describe the temperature dependence of rate coefficients kCO, kH2, and krwgs:
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Table 3 e Kinetic parameters for CO-PROX [8].
Description

Symbol

Value

Unit

Pre-exponential factor
Pre-exponential factor
Pre-exponential factor
Activation energy
Activation energy
Activation energy

ACO
AH 2
Arwgs
Ea; CO
Ea; H2
Ea; r w g s

3.528E02
2.053E01
4.402E03
33,092
18,742
34,104

mol atm0.4 kg1 s1
mol atm0.5 kg1 s1
mol atm2.0 kg1 s1
J mol1
J mol1
J mol1


kCO ¼ ACO exp½  Ea;CO ðRu Ts Þ

(13)


kH2 ¼ AH2 exp½  Ea;H2 ðRu Ts Þ

(14)


krwgs ¼ Arwgs exp  Ea;rwgs ðRu Ts Þ

(15)

The kinetics parameters for the commercial “Selectoxo™”
catalyst were taken from the report of Choi et al. [8] and are
listed in Table 3 for simultaneous CO/H2 oxidation. Selectoxo™ catalysts are composed of 0.3e0.5% Pt and 0.02% Fe
impregnated onto g-alumina. The catalyst are dried and
calcined, and are selective catalyst for the oxidation of CO in
H2-rich gas.

Computational procedure
The present model was implemented in MATLAB/Simulink
R2019a by applying the multi-domain modeling and simulation technique. Using an Intel® 4.2 GHz i7-7700K CPU with
32 GB of memory (Intel Corporation, Santa Clara, CA, 240 USA),
on average, a single simulation took approximately 157.65 s
with a relative tolerance of 107 and max step size of 0.01 via
the ODE45 solver.

Result and discussion
In this study, both steady-state and dynamic simulations of
the CO-PROX monolithic reactor were carried out. First,
steady-state simulations were conducted to investigate the
effect of the operating conditions on the reactor performance
under both isothermal and adiabatic conditions. Second, the
reactor’s dynamic response was predicted and analyzed according to the inlet concentration and reactant temperature
changes under the adiabatic condition. Finally, the model’s
predicted activity and selectivity were compared with experimental results to confirm its validity.

Fig. 2 e (a) Activity and (b) selectivity for CO-PROX
depending on the inlet-gas temperature (CO/O2 ¼ 2;
1000 ppm CO, 20 mol% H2; 10 mol% H2O; GHSV ¼ 80,000
h¡1).

Steady-state simulation
CO conversion and CO selectivity
The performance of the Selectoxo™ catalyst in the CO-PROX
reactor has been evaluated in several experimental studies
by measuring the catalytic activity and selectivity [8,11,27,28].
The CO conversion (XCO) and selectivity (SCO) were calculated
as shown in Eqs. (16) and (17).

XCO ¼

Cin;CO  Cout;CO
Cin;CO

(16)

SCO ¼



0:5 Cin;CO  Cout;CO
Cin;O2  Cout;O2

(17)

To remove CO from the reactant gas mixture containing CO
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Fig. 3 e CO (a) conversion and (b) selectivity in the CO-PROX
reactor at different inlet-gas temperatures. (CO/O2 ¼ 2.8/
2.9, GHSV of experiment ¼ 20,000 h¡1, GHSV of simulation
(isothermal reactor) ¼ 75,000 h¡1, GHSV of simulation
(adiabatic reactor) ¼ 400,000 h¡1).

and H2, the supplied O2 for CO oxidation must combine with
CO rather than H2 in the reactor; this is represented by the “CO
selectivity” as defined in Eq. (17).
The simulation results obtained using the present model
were compared with the experimental results [27] when the
reactor was operated with CO/O2 ¼ 2, [CO] ¼ 1000 ppm,
[H2] ¼ 20 mol%, [H2O] ¼ 10 mol%, and gas hourly space velocity (GHSV) ¼ 80,000 h1 at the reactor inlet under
isothermal condition. As presented in Fig. 2(a), the simulated
CO conversion, according to the inlet gas temperatures,
shows a trend similar to that of the experimental result,
although there is a significant deviation in the lowtemperature window. The model shows a more significant

Fig. 4 e Distribution of the RWGS reaction of the (a)
isothermal reactor (Tin, g ¼ 512 K) and (b) adiabatic reactor
(Tin, g ¼ 440 K) at different space velocities (CO/O2 ¼ 2.8/2.9).

deviation from the experimental CO selectivity data, as
shown in Fig. 2(b). This difference arises from the presence of
H2O in the reactant gas mixture. The positive effect of water
content on CO-PROX, especially in certain temperature
ranges, has been reported in several experimental studies
[8,27,29], and this is attributed to a reduction in the activation
energy for CO oxidation, as well as the RWGS reaction [30].
However, the kinetic parameters of the present model were
acquired with an inlet gas mixture that included 62e72 mol%
H2, 2.8 mol% CO2, CO/O2 ¼ 0.5e2.0, and no H2O. Therefore,
this model does not include the influence of H2O on CO
conversion and selectivity, especially in the low-temperature
regime. However, the simulation results agree well with the

i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n e n e r g y 4 6 ( 2 0 2 1 ) 1 5 2 0 3 e1 5 2 1 8

15209

Fig. 5 e (a) Isothermal RWGS (GHSV ¼ 75,000 h¡1), (b) adiabatic RWGS, and (c) adiabatic wall temperature distribution
(GHSV ¼ 400,000 h¡1) along the CO-PROX reactor at different inlet-gas temperatures (CO/O2 ¼ 2.8/2.9).

experimental data in the high-temperature regime (>410 K),
where the actual reactor operates under a negligible H2O
influence.
Packed-bed reactors can achieve catalytic conversion as
high as monolithic reactors if they are operated with a lower
GHSV than that of monolithic reactors because this results
in longer residence times in the reactor [31,32]. Choi et al. [8]
measured the catalytic activity and selectivity of Selectoxo
and obtained empirical rate expressions for a packed-bed
catalytic reactor (GHSV ¼ 20,000 h1) under isothermal
conditions. Because the present CO-PROX model is a
monolithic reactor, the GHSV of the reactant gas required to
achieve the same performance as that of the packed-bed
reactor can be determined by comparing the simulation
and experimental results, as shown in Fig. 3 for the case at

364e553 K and a CO/O2 feed ratio (C/O) of 2.8/2.9. The
isothermal reactor model was simulated with a GHSV of
75,000 h1, whereas the adiabatic reactor model was simulated with a GHSV of 400,000 h1. The catalyst activity increases according to the inlet gas temperature, reaching the
highest CO conversion at 512 K under isothermal conditions
(XCO ¼ 89%) and 442 K under the adiabatic condition
(XCO ¼ 34%). However, this conversion begins to fall at
higher temperatures in all cases, which can be attributed to
the facilitated RWGS reaction producing CO at such high
temperatures. In the adiabatic CO-PROX reactor, CO conversion falls steeply because the exhaust gas temperature
passes 650 K, as shown in Fig. 3(a).
CO selectivity was observed to improve with an increase in
temperature, as shown in Fig. 3(b), reaching the maximum at
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Fig. 6 e (a) CO and (b) H2 concentrations in the isothermal reactor (GHSV ¼ 75,000 h¡1) and (c) CO and (d) H2 concentrations of
the adiabatic reactor (GHSV ¼ 400,000 h¡1) in the flow channel direction (CO/O2 ¼ 2.8/2.9).
512 K for the isothermal reactor (SCO ¼ 43%) and 442 K under
adiabatic conditions (SCO ¼ 39%). Beyond this maximum, it
diminishes gradually. Catalysts with high Fe content promote
CO conversion and even higher O2 conversion, although the
CO selectivity decreases [11,27]. This finding makes sense
because a high catalytic activity implies that high O2 consumption is also achieved and, recalling Eq. (17), the CO
selectivity decreases.
The adiabatic reactor’s GHSV was set much higher than
that of the isothermal reactor, as shown in Fig. 3, because the
gas temperature steeply increases in the adiabatic reactor at
low flowrates, which in turn promotes the RWGS significantly. Fig. 4 shows the influence of the GHSV on the RWGS
for both isothermal and adiabatic reactors along the flow
direction. The GHSV had a negligible impact on the
isothermal reactor’s RWGS reaction, which was maintained
almost uniform throughout the reactor, as shown in Fig. 4(a).
By contrast, the RWGS becomes severe in the adiabatic

reactor, especially under lower GHSV conditions, as shown in
Fig. 4(b).

Effect of inlet gas temperature
As shown in Fig. 3, a higher inlet temperature results in a
greater RWGS, leading to degraded catalyst performance. Figs.
5(a) and 6(b) show the RWGS distribution as a function of the
inlet gas temperature in both the isothermal and adiabatic
reactors. Overall, the isothermal reactor showed uniformly
elevated distributions of RWGS according to the inlet gas
temperature, whereas the adiabatic reactor showed steeply
increasing distributions of RWGS as the gas temperature increases along the flow direction.
Fig. 5(c) shows the wall temperature distribution of the
adiabatic reactor according to the inlet gas temperature
when CO/O2 ratio and GHSV are 2.8/2.9 and 400,000 h1,
respectively. Because the exothermic reaction is promoted
with an increase in the inlet gas temperature, the wall
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Fig. 7 e Maximum CO (a) converison and (b) selectivity in the isothermal reactor (GHSV ¼ 75,000 h¡1). Maximum CO (c)
converison and (d) selectivity in adiabatic reactor (GHSV ¼ 400,000 h¡1).

temperature rises sharply. The effect of the inlet gas temperature on the species concentration distribution is presented in Fig. 6. Both CO and H2 concentrations gradually
decrease, reaching the minimum concentration at the
highest temperature, which shows the importance of the CO
selectivity of the catalyst to minimize the loss of H2. When
the inlet gas temperature is 450 K, the CO concentration
shifts to increase at the outlet section of the reactor where
the reactor temperature is very high, and RWGS is significant, as shown in Figs. 6(a) and 7(c).

Effect of CO/O2 feed ratio
The maximum CO conversion and selectivity as a function of
the CO/O2 feed ratio for both isothermal and adiabatic reactors
were obtained from the reactor performance analysis in Fig. 3.
Overall, the maximum CO conversion was improved at low
CO/O2 ratios, especially with low inlet CO concentration, as

shown in Figs. 7(a) and 8(c). The adiabatic reactor achieved a
high conversion efficiency when the CO/O2 ratio and CO
concentration were low (CO/O2 ¼ 0.6/1.2), as shown in Fig. 7(c).
Meanwhile, the isothermal reactor achieved a high conversion
efficiency even under high CO concentration conditions, as
shown in Fig. 7(a). According to Eq. (4), the CO oxidation improves at low CO and high O2 concentrations, promoting heat
generation4. Under moderately controlled temperature conditions, the CO production through the RWGS reaction has
less influence on the CO conversion rate. It was predicted that
the isothermal reactor with low GHSV could achieve a high
CO-PROX performance owing to the longer residence time of
gas species on the catalyst washcoat when CO and O2 concentrations increase.
Compared to the CO conversion, CO selectivity is not
strongly affected by the CO/O2 ratio regardless of the inlet CO
concentration, as shown in Figs. 7(b) and 8(d), because
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Fig. 8 e Dynamic response of CO concentration in (a)
isothermal and (b) adiabatic reactors at different GHSV (CO/
O2 ¼ 2.8/2.9; Tin, g ¼ 480 K).

increasing the inlet concentration of O2 promotes CO oxidation as well as H2 oxidation, according to Eq. (17). The present
CO conversion and selectivity agree well with the previously
reported experimental results [2,8,33].

Dynamic response
The transient behavior of the CO-PROX reactor model was
investigated under the following initial conditions (t0 ¼ 0 s): i)
zero flowrate, ii) reactor temperature (Ts) of 298 K, and iii)
activated PteFe/g-Al2O3 catalyst. The reactors were operated
with CO/O2 ¼ 2.8/2.9 and Tinlet ¼ 480 K. In addition, the
required chemical properties are summarized in Table 2.

Fig. 9 e Dynamic response of exhaust temperature of the
(a) isothermal and (b) adiabatic reactors at different GHSV
(CO/O2 ¼ 2.8/2.9; Tin, g ¼ 480 K).

CO-PROX reactors are mainly used in on-board hydrogen
production systems connected to a fuel cell scheme, implying
that the GHSV varies with fuel demand. Figs. 8 and 9
demonstrate the dynamic response of both isothermal and
adiabatic reactors with respect to the GHSV. Simulations were
conducted until the dynamic response of the reactors
approached the saturated value. Because the adiabatic reactor
undergoes a severe RWGS that leads to low CO conversion
under low flowrate conditions, much higher GHSV was supplied to the adiabatic reactor than the isothermal reactor. The
saturated results for CO concentration and exhaust temperature with the response time at different GHSVs are summarized in Table 4. The response time (tc) was acquired by
measuring the time approaching 99% of the saturated CO
concentration after disturbance. To account for the time
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Table 4 e Saturated values and transient response for CO-PROX with different GHSV disturbances.
Isothermal reactor (CO/O2 ¼ 2.8/2.9)
GHSV

50,000 h1

75,000 h1

100,000 h1

125,000 h1

150,000 h1

CO concentration
Gas temperature
Response time
Residence time
Heat generation time

5000 ppm
481 K
35 s
72E-03 s
34.71 s

8306 ppm
481 K
23 s
48E-03 s
22.81 s

11,568 ppm
481 K
18 s
36E-03 s
17.86 s

14,095 ppm
481 K
15 s
29E-03 s
14.88 s

16,042 ppm
481 K
13 s
24E-03 s
12.90 s

Adiabatic reactor (CO/O2 ¼ 2.8/2.9)
GHSV
650,000 h1

700,000 h1

750,000 h1

800,000 h1

900,000 h1

CO concentration
Gas temperature
Response time
Residence time
Heat generation time

19,841 ppm
670 K
10 s
5.14E-03 s
9.98 s

20,610 ppm
639 K
9s
4.8E-03 s
8.98 s

21,492 ppm
616 K
8s
4.5E-03 s
7.98 s

22,826 ppm
589 K
7s
4.0E-03 s
6.98 s

20,145 ppm
714 K
12 s
5.54E-03 s
11.98 s

required for the gas phase in the catalyst, the residence time
(t) was determined with the inverse of GHSV as follows:
t¼

L
u

(18)

The residence time shows that the catalytic reaction depends on the time the involved species spend on the catalytic
surface. The physical timescales associated with the CO-PROX
were derived considering the heat and mass balance equation
(1)(4), as showns in Eqs. (19)e(22).
 
 



dCi;g
1
1 
Nnode Ci;g;in  Ci;g 
¼
Ci;g  Ci;s
t
tm
dt

(19)

 
 
 r
dCi;s
1 
1
¼
Ci;g  Ci;s þ ref
tm
dt
rg tr

(20)

ð1  εÞ



DH
4hm

tm ¼




tr ¼


1
rref X
ai;k rk
Mg rs k

 
 
 r cp;ref 1 

dTg
1 
Tg;in  Tg  ref
¼
Tg  Ts
t
tk
dt
rg cp;g
ð1  εÞ

 
 
 cp;ref Tref 1
dTs rref cp;ref 1 
¼
Tg  Ts þ
tk
tq
dt
rs cp;s
cp;s

tk ¼ rref cp;ref

(21)

(22)

 
DH
4h

tq ¼ cp;ref Tref

1
X
0
rk DHk
k

Here, tm, tr, tk, and tq denote the mass convection, reaction, heat convection, and heat generation times, respectively. The gas density (rref) and specific heat (cp,ref) were
evaluated at the reference temperature (Tref) for a given
composition, that is, the initial conditions. T’ien et al. [34]
reported that the reaction timescale has the same order of
magnitude as the residence time and equals the mass

convection time. In addition, Hayes et al. [35] pointed out
that the timescale for the accumulation of heat by a solid is
significantly longer than that of a gas, allowing us to disregard transient effects in the gas phase in Eq. (21). Because the
order of magnitude of residence time is on the millisecond
scales, the response time relies mainly on the heat generation timescale.
Notably, increasing the GHSV led to shorter response and
residence times at higher CO concentrations at the reactor
outlet. The response time of the isothermal reactor was much
longer than that of the adiabatic reactor because of the low
GHSV, as shown in Fig. 8. After an initial decrease in CO
concentration, the adiabatic reactor experienced an increase
in CO concentration at lower flowrate conditions (650,000 h1)
after t ¼ 7.5 s because of the rapidly increasing reactor temperature, resulting in a high RWGS, as shown in Figs. 8(b) and
9(b).
When a hydrogen production system such as a steam
reforming reactor undergoes a load fluctuation, the byproduct
CO gas concentration changes accordingly. To investigate the
dynamic influence of the inlet CO concentration on the COPROX reactor, the isothermal and adiabatic reactors were
subjected to changes in the CO/O2 ratio, as shown in Figs. 10
and 11. As summarized in Table 5, the isothermal CO-PROX
was predicted to require a shorter response time as the inlet
O2 concentration increases. The isothermal reactor was
conditioned to reach the steady-state once the reactor wall
temperature was equal to the gas temperature (425 K), i.e., the
heat generation timescales were limited to values in Table 5.
By contrast, the adiabatic reactor showed a longer response
time when the inlet O2 concentration increased as the reactor
wall temperature reached a steady-state once the heat generation stabilized. According to Eqs. (10) and (11), the CO and
H2 oxidation rates increase with an increase in O2 concentration, leading to higher heat generation, so the wall temperature took longer to reach a steady state.
The adiabatic CO-PROX experienced an increase in CO
concentration and exhaust temperature after t ¼ 10 s at CO/
O2 ¼ 2.5/5.1 because of the abrupt increase in the RWGS reaction at high temperatures, as shown in Fig. 10(b).
To investigate the effect of the inlet temperature on the
dynamics further, the adiabatic CO-PROX reactor was
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Fig. 10 e Dynamic responses of CO concentration for the (a)
isothermal (GHSV ¼ 75,000 h¡1) and (b) adiabatic
(GHSV ¼ 400,000 h¡1) reactors at different inlet CO/O2
ratios (Tin, g ¼ 425 K).

Fig. 11 e Dynamic responses of exhaust temperature of the
(a) isothermal (GHSV ¼ 75,000 h¡1) and (b) adiabatic
(GHSV ¼ 400,000 h¡1) reactors at different inlet CO/O2
ratios (Tin, g ¼ 425 K).

subjected to a step temperature profile from 435 to 455 to 400 K
as shown in Fig. 12(a), corresponding to the same reactor
response time (tc ¼ 15 s). As the inlet temperature increased
from 435 to 455 K (DT ¼ 20 K), the CO concentration suddenly
dropped by 78.9%, but the gas temperature rose by 12.6% at the
reactor outlet. When the inlet gas temperature returned to
435 K, the CO concentration and temperature in the exhaust
gas also returned to the initial value. By contrast, when the
inlet gas temperature was decreased from 435 to 400 K
(DT ¼ 35 K), the CO concentration increased by 57.7%, and the
exhaust temperature decreased by 14.1%. From this observation, it was predicted that a larger change in CO concentration
could be achieved with smaller inlet gas temperature change
(435e455 K) than with larger inlet gas temperature change

(435400 K). This high CO-PROX sensitivity in the first temperature range (435e455 K) suggests that an increase in CO
conversion from 435 K is possible with a small amount of
additional energy (minimum change in the inlet gas temperature) without adversely affecting the reactor response time,
which is useful for power optimization and control.
To test the present CO-PROX model under realistic operating conditions, a simulation was performed based on the
transient fuel demand in a PEM fuel cell system. Soumeur
et al. [36] studied the PEM fuel cell performance using a dynamic speed cycle for electric vehicles and obtained a
hydrogen-rich fuel consumption scheme, as shown in
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Table 5 e Steady-state values and transient response for CO-PROX at different CO/O2 ratios.
Isothermal reactor (GHSV ¼ 75,000 h1)
2.5/5.1

2.8/2.9

2.8/1.6

14,151 ppm
425 K
19.31 s
48E-03 s
19.12 s

20,334 ppm
425 K
21.44 s
48E-03 s
21.25 s

22,685 ppm
425 K
23.8 s
48E-03 s
23.61 s

Adiabatic reactor (GHSV ¼ 400,000 h1)
0.6/0.6
CO/O2

1.2/1.0

CO concentration
Gas temperature
Response time
Residence time
Heat generation time

10,470 ppm
461 K
10 s
9E-03 s
9.96 s

CO/O2
CO concentration
Gas temperature
Response time
Residence time
Heat generation time

4900 ppm
446 K
9s
9E-03 s
8.96 s

0.6/1.2

12.2/1.0

0.6/0.6

595 ppm
425 K
25 s
48E-03 s
24.81 s

7751 ppm
425 K
26 s
48E-03 s
25.81 s

2809 ppm
425 K
28.35 s
48E-03 s
28.158 s

0.6/1.2

2.8/1.6

2.8/2.9

2.5/5.1

3976 ppm
471 K
10.5 s
9E-03 s
10.46 s

20,950 ppm
480 K
11.35 s
9E-03 s
11.31 s

23,429 ppm
528 K
12 s
9E-03 s
11.96 s

15,220 ppm
770 K
12 s
9E-03 s
11.96 s

Fig. 12 e Dynamic responses for (a) adiabatic CO-PROX to step changes in inlet gas temperature (GHSV ¼ 400,000 h¡1; CO/
O2 ¼ 0.6/1.2), (b) Fuel consumption scheme for electric vehicles [36], and (c) isothermal CO-PROX to step changes according to
the gas hourly space velocity (Tin, g ¼ 520 K; CO/O2 ¼ 0.6/1.2).
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Fig. 12(b). For automotive applications, commercial monolithic reactors with a cordierite substrate generally contain
900 cells per square inch (cpsi) [37]. Kingsbury et al. [38] tested
monolithic ceramic substrates and found that 900 cpsi reactors reach a GHSV of 60,000 h1 at a flow rate of 22.4 l min1.
Thus, the fuel consumption profile was transformed into a
GHSV scheme for simulation purposes, as shown in Fig. 12(c).
The dynamic simulation was performed in the isothermal COPROX model, assuming that the time-dependence of gas and
€ hler
surface temperatures in Eqs. (3) and (4) is null, and Damko
number (ratio of reaction rate to convection mass transport
rate) approaches unity [39]. Thus, Eq. (2) can be simplified as
Eq. (23).


4hm:i 
r X
Ci;g  Ci;s ¼  Mg s
ai;k rk
DH
rg k

(23)

Subsequently, Eq. (1) is modified, and Eq. (24) is obtained.
 
 

 r
dCi;g
1
1
Nnode Ci;g;in  Ci;g þ ref
¼
t
dt
rg tr

 Overall, the maximum CO conversion was improved with
low CO/O2 ratios. However, CO selectivity was barely
affected by the CO/O2 ratio.
 High GHSVs caused short timescales with high CO concentrations in both isothermal and adiabatic rectors, but
the adiabatic reactor had even shorter response times.
 Although the isothermal CO-PROX required a shorter
response time as the inlet O2 concentration increased, this
resulted in longer response times for the adiabatic reactor.
 The high response sensitivity of the adiabatic CO-PROX
reactor allowed higher CO conversion from 435 K with
small additional energy, holding the response time at 15 s.
 The isothermal reactor exhibited a reasonably fast
response time when exposed to a realistic GHSV scheme
based on the transient fuel demand in a PEM fuel cell
system. Multi-stage CO-PROX and gas temperature control
are suggested for an H2 system.

(24)

Therefore, the rate of changes of the outlet gas concentration mainly depends on the residence and reaction timescales, as long as the wall temperature and bulk gas
temperature are previously in equilibrium (Ts ¼ Tg). Equation
(24) explains the fast response at each GHSV shift in Fig. 12(b)
because the residence and reaction time are on the order of
milliseconds.
As predicted, a high space velocity resulted in lower CO
conversion performance. To protect the hydrogen fuel cell
catalysts from CO contamination, the use of a multi-stage COPROX H2 supply system is desirable. Further, the inlet gas
temperature must be adjusted at higher GHSVs to obtain
higher CO conversion. Finally, a thermal management system
is necessary to control the reactor temperature to suppress
the RWGS reaction.

Conclusions
A quasi-2D, dynamic model of the CO-PROX for H2 production
was developed and simulated to elucidate the effect of operating conditions such as flow rate, inlet temperature, and gas
concentration on the CO-PROX performance. The developed
model was validated with experimental data, which
confirmed the high fidelity of the model. The following
conclusion were drawn from the parametric study using the
developed model.
 At different inlet gas temperatures, the CO-PROX reactor
was simulated under both isothermal and adiabatic conditions. Maximum CO conversion and selectivity were obtained first, followed by a gradual decrease at higher inlet
gas temperatures.
 Although the GHSV had a negligible impact on the RWGS in
the isothermal reactor, the RWGS became severe below a
GHSV of 400,000 h1 in the adiabatic reactor.
 When operated at different inlet gas temperatures, the
adiabatic reactor showed an increasing RWGS distribution
and wall temperature along the flow direction.
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Nomenclature
List of symbols
a
stoichiometric coefficient of species in reactions
A
pre-exponential factor
cross-sectional area, m2
Ac
cp
specific heat, J kg1 K1
C
concentration, (moles of species) (total moles in a gas
mixture)1
D
diffusion coefficient, m2 s1
DH
hydraulic diameter, m
activation energy, J mol1
Ea
fD
second-order corrector
h
heat transfer coefficient, W m2 K1
hm
mass transfer coefficient, m s1
DH
enthalpy of reaction, J mol1
kg
gas thermal conductivity, W m1 K1
k
rate constant, mol kg1 s1
Keq
equilibrium constant
L
total reactor length, m
M
molecular weight, kg mol1
Nnode
number of nodes of the model
p
perimeter, m
P
pressure, Pa
r
reaction rate, mol kg1 s1
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Ru
t
T
S
u
x
Dx
X
y

universal constant of gases, 8.314 J mol1 K1
time, s
temperature, K
selectivity, %
uniform average velocity, m s1
length coordinate, m
volume element length, m
conversion rate, %
molar fraction

Greek letters
a,b,g
apparent reaction orders
ε
porosity
LennardeJones energy constant, J
εoAB
k
Boltzmann gas constant, J K1
m
viscosity, Pa s
l
stoichiometric ratio
r
density, kg m3
s
LennardeJones length constant, m
4
function of molecular weights and viscosities of the
mixture components
t
residence time, s
response time, s
tc
reaction time, s
tr
mass convection time, s
tm
heat convection time, s
tk
heat generation time, s
tq
Superscripts and subscripts
g
gas phase
i
number (integer)
in
inlet
j
number (integer)
k
number (integer)
out
outlet
s
solid phase
0
standard condition
Abbreviations
2D
two dimensional
GHSV
gas hourly space velocity
NIST
National Institute of Standards and Technology
ODE
ordinary differential equation
PROX
preferential oxidation
PDE
partial differential equation
RWGS reverse water gas shift

h¼

Nu1;∞ kg
DH

Because the heat- and mass-transfer coefficients are calculated from the Reynolds (Re), Nusselt (NuH1;∞ ), and Sherwood
(ShH1;∞ ) numbers, and hydraulic diameterDH ¼ 4Ac = p, NuH1;∞
andShH1;∞ are fixed equal to 3.608 for fully developed laminar
flow (Re < 2300) and square cross-section all along the singlestage CO-PROX reactor. The heat- and mass-transfer coefficients are defined as

(26)

Different theoretical models are available for computing
the diffusion coefficient of a binary-gas mixture DAB. For nonpolar molecules, the LennardeJones potential offers a basis
for obtaining the diffusion coefficients of binary gas mixtures.
The mutual diffusion coefficient of species A and B is defined
as [25].
DAB ¼ 0:001858T3=2

sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
MA þ MB
fD
MA MB Ps2AB UD

(27)

where fD is the second-order corrector and, UD is the collision
integral, which is defined as [26].
UD ¼

1:06036
0:19300
1:03587
1:76474
þ
þ
þ
*
*
*
ðT* Þ0:15610 expð0:47635T Þ expð1:52996T Þ expð3:89411T Þ
whereT* ¼

kTg
andεoAB ¼ðεoA εoA Þ1=2 :
εoAB
(28)

The calculation for the binary diffusion coefficient under
different pressure and temperature conditions is as follows:

DAB ¼ DAB;0

Tg
T0

3=2  1
P
P0

(29)

Owing to the presence of multiple species in the gas
mixture, the diffusion coefficient for the species i in the
mixture is related to the binary diffusion coefficients, as
expressed by Blanc’s Law [26]:
0

11

B
C
n
B X
yj C
B
C
Di ¼ B
C
B
D C
@ i ¼ 1 ij A

(30)

js1
By considering small temperature and pressure gradients
along with the volume element, the density of the mixture is
calculated based on an ideal-mixture state equation at the
working temperature and pressure, as follows:
rg ¼

Appendix A. Transport properties

(25)

ShH1;∞ DAB
DH

hm ¼

15217

PMg
Ru Tg

(31)

Hence, Mg is determined by
Mg ¼

n
X

yi Mi

(32)

i

In addition, the gas phase thermophysical properties,
including the constant-pressure specific heat, thermal conductivity, dynamic viscosity, and Prandtl number, are evaluated based on the properties of the individual species using
Eqs. (33)e(37).
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n
X

yi cp;i

(33)

i

0

1

C
n B
X
B
C
kg;i
B
C
P
kg ¼
B1 þ 1 4 y C
i;j j A
yi
i @

(34)

j

0

1

C
n B
X
B
C
mi
B
C
B1 þ 1 P4 y C
j
i;j A
yi
i @

mg ¼

(35)

j

(

 1=2  1=4 )2
1þ

4i;j ¼

Mi
Mj

mi
mj



i
8 1þM
M

1=2

(36)

j

Pr ¼

mg cp;g
kg

(37)
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